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a b s t r a c t
In this work, a Maxwell–Stefan model for high ﬂux tubular silicalite-1 membranes for separation of CO2
from a CO2/H2 mixture was developed. The model concerns tubular membranes operating in a counter
ﬂow module and includes transport through ﬂow-through defects in the silicalite-1 ﬁlm and pressure
drop over the graded alumina support. Adsorption and diffusion parameters for perfect silicalite-1
crystals were taken from the literature. The ﬂux and selectivity predicted by the model were in
reasonably good agreement with experimentally observed data for a ZSM-5 membrane without any
ﬁtting of the model. However, the CO2 ﬂux and selectivity measured experimentally for the ZSM-5
membrane were higher than that predicted by the model for a silicalite-1 membrane.
The model was used to investigate a case with a 20,000 Nm3/d feed comprised of a 50/50 mixture of
CO2/H2 at pressure of 25 bar and a membrane temperature of 296 K. The permeate pressure was 1 bar
and 90% of the CO2 permeated the membrane. In this case, the membrane permselectivity and CO2 ﬂux
varied along the length of the tubes between 20–26 and 950–396 kg/(m2 h), respectively. Further, both
defects and pressure drop over the support were shown to have an adverse effect on the selectivity,
which indicates that membrane selectivity can be improved by reducing the ﬂow-through defects and/or
by preparing supports with less ﬂow resistance. For a one-stage process, the required membrane area is
as small as ca. 0.85 m2 and the hydrogen loss through the membrane was 12.4%. For a two-stage process
the required membrane area almost doubled to 1.6 m2, however the hydrogen loss through the second
membrane is reduced to as little as 2.5%. In summary, this work shows that high ﬂux zeolite membranes
may be an interesting option for CO2 removal from synthesis gas.
& 2014 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY-NC-ND
license (http://creativecommons.org/licenses/by-nc-nd/3.0/).
1. Introduction
Separation of carbon dioxide from gas mixtures is becoming
increasingly important as a result of e.g. raising concerns regarding
global warming from the emission of greenhouse gases in the
atmosphere, but also for upgrading of industrial gas streams.
Consequently, carbon dioxide separation from ﬂue gases is one
of the main systems of interest together with upgrading (CO2
removal) of bio-/natural gas or synthesis gas e.g. prior to methanol
or ammonia synthesis.
Today, absorption in e.g. amine solutions is the dominating
technology [1] on the market and although it is possible to reach
very low concentrations of carbon dioxide in the gas with this
technique, regeneration of the amine solution is quite energy
consuming and more energy efﬁcient alternatives are sought for.
Membrane based separations are in general considered as being
among the most energy effective separation technologies. In a
study carried out for the U.S. Department of energy it was
concluded that for CO2 removal, the R&D focus should be on
developing efﬁcient adsorbent and membrane processes as these
show the highest potential [2]. For membranes, focus should be on
high ﬂux and improved selectivities; CO2 selectivities415–20 are
desirable. Zeolite membranes show potential to fulﬁll both of
these requirements see e.g. [3–5].
Several groups have investigated the performance of zeolite
membranes for separation of CO2 from CO2/H2 mixtures, which
may be considered a model system for synthesis gas [5–10]. As
both adsorbates are smaller (the kinetic diameters of carbon
dioxide and hydrogen are ca. 0.33 nm and 0.29 nm, respectively)
than the pore diameter of silicalite-1 (pore diameter ca. 0.54 nm)
the separation is adsorption controlled. At sufﬁciently low tem-
peratures and high partial pressures of CO2, this molecule adsorbs
selectively in the pores and is transported through the pores as
long as a gradient in the chemical potential is maintained across
the membrane. At the same time, the transport of hydrogen
through the pores is reduced strongly in the presence of CO2
which results in a highly CO2 selective membrane. For separation
of CO2/H2 by MFI membranes, the highest selectivities reported are
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usually obtained at fairly low temperatures (room temperature and
lower) where there is sufﬁcient adsorption of carbon dioxide
to effectively block the transport of hydrogen through the pores.
At higher temperatures the selectivity of MFI membranes usually
goes down. In general, CO2 permeances in the range 0.2–
13107 mol m2 s1 Pa1 and CO2-selectivities in the range 6–30
are reported. However, Hong et al. [3] reported a selectivity as high as
140 at 253 K for a SAPO-34 membrane, albeit the permeance was low,
in the range 0.2–0.4107 mol m2 s1 Pa1. We have reported the
highest CO2 permeances so far, up to 92107 mol m2 s1 Pa1 at
296 K with a selectivity of 22 for MFI membranes [5]. More recently,
our group reported CO2/H2 separation data for a b-oriented MFI
membrane in the temperature interval 238–298 K [11]. The CO2
permeances were in the range 51–66107 mol m2 s1 Pa1 and
separation selectivities in the range 109–31 for this temperature
interval. The permeances reported by our group are roughly a factor
10–100 times larger than the best membranes reported previously.
On the modeling side, the Maxwell–Stefan (MS) approach has
proven to be very useful for modeling the performance of zeolite
membranes in separations, see e.g. [4,12–16]. Basically, single
component adsorption and diffusion data may be used as input
to the model to predict the mixture permeances in zeolite
membranes. Most of the modeling work reported so far has not
considered ﬂow-through defects in the zeolite layer or pressure
drop in the support. The latter effect may be quite signiﬁcant for
high ﬂux membranes and reduces both the selectivity and the ﬂux
through the membrane [17,18]. Flow-through defects also imposes
a real challenge for the CO2/H2 separation as the small H2
molecules may easily permeate even very small defects therby
decreasing the selectivity of the membrane. In a recent work,
Kangas et al. developed a model for high ﬂux MFI membranes for
CO2/H2 separation, the model used the MS formalism to describe
the transport through the zeolite pores and the model also
included the effects of ﬂow through defects and substrate [16].
The predicted ﬂuxes compared well with experimental data for
our high ﬂux MFI membranes. The conclusion was that at high
ﬂuxes, both defects in the ﬁlm and ﬂow resistance in the support
could affect the overall performance of the membranes.
In a real application, zeolite membranes will most likely be
employed in the forms of several tubular membranes mounted in
membrane modules and many modules may be used in a large
process. The vast majority of simulations using the MS approach
do not consider tubular membranes where the composition
of the ﬂuid varies along the length of the tubes, instead constant
composition (perfect mixing) is typically assumed. On the
contrary, in the few reports addressing the performance of
tubular membranes, it is often assumed (for ease of computation)
that the diffusion of one species through the zeolite pore system
is uncorrelated by the diffusion of other species [19–21]. This
may or may not be an appropriate approximation depending on
the system as illustrated by Krishna and van Baten [15,22]. For
the co-diffusion of CO2 and H2 in zeolite MFI, they conclude
that correlation effects should not be neglected as the diffusivity
of H2 in MFI is highly dependent on the presence of CO2 in
the pores.
In the present work, the performance of tubular high ﬂux
zeolite MFI membranes for CO2 separation from a CO2/H2 mixture
is simulated using the MS formalism for the ﬁrst time. The model
considers both defects and ﬂow resistance over the support and
the importance of including these effects is highlighted. Moreover,
the model was used to investigate a case of separating most of the
CO2 from a CO2/H2 mixture with a feed ﬂow corresponding to the
rate of syngas production at the LTU-green fuel pilot biomass
gasiﬁer in Piteå, Sweden. The performance, in terms of membrane
area needed and the penalty in terms of H2-loss, for a 1-stage and
2-stage zeolite membrane processes was evaluated.
2. Model description
The model developed in this work considers a shell and tube
module where several membranes in the form of tubes are packed
into a cylindrical shell, see Fig. 1. The feed is fed to the tube side
and the permeate is withdrawn from the shell side. The module is
operated without sweep gas in counter current mode as this
usually results in and larger average driving force than cocurrent
operation. Although, using sweep gas would likely improve the
membrane performance, we choose not to include sweep gas in
this study as an process economic evaluation should be performed
to judge whether adding sweep gas is justiﬁed or not and that is
out of the scope of this work.
Further, isothermal operation and plug ﬂow on both tube and
shell side are assumed thus neglecting axial dispersion. The vessel
dispersion number (Da/(ut L)) was estimated to lie in the range
0.0006–0.001 which is considered as little dispersion and thus
justiﬁes the use of the plug-ﬂow model [23]. On the high pressure
(25 bar) feed side, the Soave–Redlich–Kwong equation of state was
used for calculating the ﬂuid properties (fugacities, density)
whereas on the low pressure (1 bar) permeate side, the gas was
treated as ideal. The corresponding mole balances describing the
molar ﬂows on the tube and shell sides are given by Eqs. (1) – tube
side and (2) – shell side:
dFi;t
dz
¼  Jiπdtnt ð1Þ
dFi;s
dz
¼ Jiπdtnt ð2Þ
see Notation for explanation of variables and subscripts. Pres-
sure drop was only considered on the tube side where the gas
velocities were high and the tubes relative narrow (operating
conditions are found in Table 1), the pressure drop was calculated
as follows:
dP
dz
¼ 2f fρg
u2t
dt
ð3Þ
where ff, is the friction factor which for turbulent ﬂow is depen-
dent on the Reynolds number and the relative roughness of the
tube [24]. As the latter is unknown for our tubes, the friction factor
was taken as 0.007; this would correspond to a relative roughness
of ca. 0.004 which in turn would correspond to a roughness of
28 mm which is probably an overestimation of the roughness;
Fig. 1. Schematic ﬁgure of membrane module for tubular membranes.
Table 1
Operating parameters.
Model parameter Unit Value
CO2 feed ﬂow rate mol/s 5
H2 feed ﬂow rate mol/s 5
Feed pressure bar 25
Permeate pressure bar 1
Temperature K 296
Feed gas velocity m/s 10–16
Permeate gas velocity m/s 0.4
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however as will be shown even with this roughness, the pressure
drop is low. The Reynolds number at the entrance and exit of the
tubes was on the order of 1.8105 and 2.2104, respectively;
thus the condition on turbulent ﬂow is fulﬁlled.
Concentration polarization is usually not considered a problem
in membrane gas separations; however as discussed in Section 1,
the situation may be different for high ﬂux membranes and the
effect of external mass transfer from the gas bulk to the membrane
surface was included in the model. The mass transfer coefﬁcient,
ki, was calculated from the following Sherwood correlation [25]:
Sht ¼ 0:023Re0:875t Sc0:2t ð4Þ
where Ret and Sct delineate the local Reynolds – and Schmidt
numbers on the tube side.
In the simulations, the operating conditions were chosen so as
to minimize the effect of external mass transfer on the overall
performance of the membrane; this was achieved by assuring a
high gas superﬁcial velocity, thus reducing the thickness of the
external boundary layer. The effect of concentration polarization
was monitored by calculating the ratio between the concentration
of CO2 at the membrane surface to that in the gas bulk,
CCO2 ;m=CCO2 ;b. The numbers of tubes were adjusted such that the
inlet superﬁcial velocity was sufﬁciently high for this ratio to be
close to unity.
The length of the tubes was set to 1.2 m and the inner diameter
to 7 mm, since such tubes are commercially available. However, in
most cases, two modules connected in series were considered,
giving a total tube length of 2.4 m. Moreover, the radial transport
properties of the tubes were assumed to be equal to the axial
transport properties of the graded porous alumina supports used
by our group. These supports have a thin (ca. 30 mm) upper layer
with 100 nm pores beneath the zeolite ﬁlm and a 3 mm thicker
bottom layer with 3 mm pores, see Fig. 2 and Table 2.
2.1. Transport through the porous support
The transport through the porous support is governed by
Knudsen diffusion and/or viscous ﬂow i.e. Ji ¼ JKn;iþ JVis;i. Transport
by Knudsen diffusion will typically dominate at small pore
diameters i.e. in the top layer, whereas transport by viscous ﬂow
will prevail at larger pore diameters like in the bottom layer of the
support [16]. The calculations of the ﬂux through the support
layers were done using the same approach as used by several
groups previously [17,26–28], however the details used in this
work may be found in the work by Korelskiy et al.[17] and only a
brief description will be given here. In short, the transport of each
species through the layers of the support was calculated as a sum
of Knudsen diffusion and viscous ﬂow as:
Ji;L1 ¼
Def fKn;i;L1
RT
ΔPi;L1
lL1
þ B
ef f
L1 ðPi;Z L1þPi;L1L2Þ
RT2η
 !
ΔPL1
lL1
; ð6Þ
Ji;L2 ¼
Def fKn;i;L2
RT
ΔPi;L2
lL2
þ B
ef f
L2 ðPi;L1L2þPi;permeateÞ
RT2η
 !
ΔPL2
lL2
ð7Þ
where the effective Knudsen diffusivity, Def fKn is given by:
Def fKn;i;j ¼ 97Kj
ﬃﬃﬃﬃﬃﬃ
T
Mi
s
ð8Þ
Kj is the Knudsen structural parameter that accounts for the
porosity, tortuosity and average pore size of layer j. The Knudsen
structural parameters and effective permeabilites for viscous ﬂow,
Bef fj , for our support have been determined previously by ﬁtting
these parameters to experimental data [17], the values used in this
work are shown in Table 3. It should be noted that the interfacial
partial pressures (Pi,ZL1, Pi,L1L2) are unknown and have to be
determined iteratively at all points along the tube, such that the
ﬂux through all layers is constant (neglecting the curvature of
the tube).
2.2. Transport through the zeolite pores
Transport through the zeolite pores was described using the
Maxwell–Stefan formalism as previously reported in detail by
Krishna and van Baten [4,13,15]. A brief summary of the procedure
is given in the Supporting information accompanying the
present work.
For a binary mixture, the permeating ﬂux for species 1 and
2 through the zeolite pores are given by:
J1;z ¼
Az
Atot
ρzD1
lz
ð1þx1D2=D12ÞΔq1þx1D2=D12Δq2
1þx1D2=D12þx2D1=D12
 
ð9Þ
J2;z ¼
Az
Atot
ρzD2
lz
ð1þx2D1=D12ÞΔq2þx2D1=D12Δq1
1þx1D2=D12þx2D1=D12
 
ð10Þ
The ratio Az/Atot is the relative area of the membrane surface
that is composed of zeolite, this ratio will be close to unity. The
remaining membrane surface (i.e. Adef¼AtotAz) is the area of
defects and the relative area of the defects (Adef/Atot) is presented
in Table 4 in the Supporting information. Further, Δqi are the
differences in adsorbed loadings of specie i over the zeolite ﬁlm,
i.e. the difference in concentration of an adsorbed species inFig. 2. Schematic ﬁgure of composite membrane structure.
Table 2
Membrane material parameters.
Model parameter Unit Value
Tube length m 1.2
Tube inner diameter m 0.007
Thickness support layer L2 mm 3
Thickness support layer L1 mm 30
Thickness zeolite ﬁlm mm 0.7
Density silicalite-1 kg/m3 1796
Table 3
Knudsen structural parameters and effective permeabilities estimated for the
support used in the present work.
KL1 (m) Bef fL1 (m
2) KL2 (m) Bef fL2 (m
2)
29.41010 14.51017 2.0107 6.51013
L1 denotes layer 1; L2 – layer 2.
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equilibrium with the gas phase at the feed and permeate side of
the membrane. Adsorbed concentrations were determined using
the ideal adsorbed solution theory (IAST) using the single compo-
nent adsorption data (Langmuir adsorption coefﬁcients and
saturation loadings) for H2 and CO2 in silicalite-1 reported by
Krishna and van Baten [22] as input. The dependence of the
Langmuir adsorption coefﬁcients with temperature was attuned
using heat of adsorption for CO2 and H2 in silicalite-1 of 25 kJ/
mol and 7 kJ/mol, respectively [22]. Moreover, Di are the
Maxwell – Stefan diffusivities for specie i, the magnitude of these
in general depends on the loading, the Reed–Ehrlich approach was
used for adjusting the diffusivities to adsorbed loadings [29].
Correlation effects, expressed through the exchange coefﬁcients,
D12, were accounted for using the Vignes interpolation which has
previously proven suitable for this system [22], whereas the
change in diffusivity with temperature was accounted for using
an Arrhenius type of relationship with activation energies of
diffusion of 5.1 kJ/mol and 3.6 kJ/mol for CO2 and H2, respectively
[30]. Further, xi is the adsorbed mole fraction of specie i, e.g.
x1¼q1/(q1þq2). The input to determine the MS-diffusivities, Di,
of CO2 and H2 and D12 the exchange coefﬁcient in silicalite-1
were taken from [22], details can be found in the Supporting
information.
2.3. Transport through ﬂow through defects
In addition to transport through zeolite pores, the gases may
also permeate via ﬂow-through defects, such as open grain
boundaries. Permporometry is a technique for determining the
defect distribution of ﬂow through defects [31,32]. In more recent
work the permporometry method was improved making it possi-
ble to measure defects with widths down to 0.7 nm [33–35]. The
majority of defects in the membrane is actually narrower than
1 nm. We have shown recently that these defects likely are
comprised of open grain boundaries in the ﬁlm [35]. These grain
boundaries form as a result of the (competitive) growth of the
seed crystals to a dense ﬁlm [36,37]. The defect distribution
assumed for the membrane modeled in the present work is
presented in Table 4 in the Supporting information. This defect
distribution is identical to a previously reported distribution for a
high quality membrane and the method for calculating the ﬂow
through defects follows the procedure reported by Korelskiy et al.
[35] and will only be described brieﬂy here.
The ﬂuxes through the defects were estimated using Ficks law:
Jdef ;i ¼
Di
RT
ΔPf ilm;i
lz
ð11Þ
According to the gas-translational model, the diffusivity of a gas
molecule in a porous medium can be expressed as.
Di ¼
2σrdef
τ
ﬃﬃﬃﬃﬃﬃﬃﬃﬃ
8RT
πM
r
exp ΔEi
RT
 
ð12Þ
where σ is the geometrical probability, i.e., the probability that the
gas molecule will move in the desired direction assumed to be 1/3
referring to the case of no spatial obstructions in the pathway of
the diffusant moving in three-dimensional space, rdef is the
average diameter of the defect, τ is the tortuosity of the defects
(assumed to be 1.3), high resolution SEM images of an MFI
membrane prepared in our group reveals that at least some of
the ﬂow through defects are tortuous [38]. Further, the activation
energy of diffusion in the defects, ΔEi, were assumed to decrease
with increasing defect width according to the van der Waal atom-
slab model:
ΔEi ¼ kr3 ð13Þ
where r is the defect half-width of a channel (zeolite pore or
defect) and k is the proportionality coefﬁcient given, in this case,
from the ratio: ΔEi;zp=ðdzp=2Þ3, where dzp is the average diameter
of the zeolite pores equal to 0.55 nm and the activation energy,
ΔEi,zp, are the activation energies for diffusion of CO2 and H2 in the
zeolite pores given under Section 2.3 above. The total ﬂuxes
through defects were then calculated by summing up the ﬂuxes
through each defect size interval as:
Jdef ;i;tot ¼∑
n
An
Atot
Jdef ;i;n
 
ð14Þ
where Addef =Atot is the relative area of defects in a particular defect
size interval and n is the index of the defect size interval.
2.4. Calculation details
The system of coupled differential equations was solved in
Matlabs using the bvp4c subroutine using starting values as
compiled in Table 1. The boundary conditions to the differential
equations ( (1)–(3)) on the tube side (at z¼0) were:
 Fi;t ¼ Fi0;t P ¼ P0
whereas on the shell side (at z¼L) the boundary
conditions were:
 Fi;s-0
To comment on the latter boundary conditions, the molar
ﬂowrate should be zero at z¼L when no sweep gas is applied,
however this created numerical problems in the calculations
determining the interfacial partial pressures (Pi,ZL1, Pi,L1L2) and
therefore a small ﬂow of carbon dioxide and hydrogen was used
viz. 105 and 3106 mol/s, respectively. These small ﬂow rates
should have a negligible effect on the overall results considering
the high molar ﬂow rates observed. In the simulations where the
substrate was not included, the proper boundary conditions with
the molar ﬂow rates being equal to zero were used.
The feed ﬂow rates roughly correspond to the amount of
synthesis gas produced (ca. 20,000 Nm3/d) at the LTU green fuels
pilot gasiﬁer in Piteå, Sweden. The desired gas velocities were
obtained by directing (splitting) the feed to a suitable number of
tubes. The feed gas velocities were varied in the range 14–16 m/s
to arrive at the desired CO2 recovery of 90%.
3. Results and discussion
3.1. Comparison with experimental data
First of all, the model was validated against experimental
separation data recorded at high pressures for a 50/50 CO2/H2
mixture using a disc shaped ZSM-5 membrane with a Si/Al ratio of
about 139 [5], the experimental conditions used are summarized
in Table 4. At 25 bar feed pressure and 5 bar permeate pressure,
the membrane showed carbon dioxide selectivities of 44 and 25 at
276 and 296 K. The experimental data and the corresponding
simulated values using the model developed in the present work
Table 4
Operating parameters for separation experiments, with feed composition CO2/
H2 (1:1).
Model parameter Unit Value
Feed pressure bar 25
Permeate pressure bar 5
Temperature K 276 or 296
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are presented in Table 5. The simulated ﬂuxes agree reasonable
well with the experimentally determined ones considering that no
ﬁtting of parameters was performed. However, the model under-
estimates the CO2 ﬂux at both temperatures and overestimates the
hydrogen ﬂux at the lower temperature. However, here one must
consider that the adsorption data and diffusivities used as input
for the modeling reﬂects perfect silicalite-1 crystals, whereas the
real membrane both contain some aluminum (Si/AlE139) and
also, as the membrane was prepared under alkaline conditions,
there is likely some intracrystalline defects in the forms of silanol
groups in the zeolite [39,40]. Both of these factors are expected to
affect both adsorption and diffusion properties. For instance,
Dunne et al. [41,42] measured the adsorption of CO2 on zeolite
MFI with varying Si/Al ratios and showed that the adsorption of
CO2 increased with increasing aluminum content. Carbon dioxide
may also be expected to be more affected than hydrogen by the
introduction of polar sites in the framework because of its larger
polarizability and quadrupole moment compared to hydrogen.
Moreover, the effect of the defects was substantial as ca. 70% of
the hydrogen ﬂux was through defects whereas the corresponding
number for carbon dioxide waso1% under these conditions. At
the simulated CO2 ﬂuxes presented in Table 5, the pressure drop
over the support was relatively small, at the most ca. 5% of the
total pressure drop over the membrane. The difference in ﬂux
between the experiments and simulations may therefore at least
partially be assigned to the difference of perfect silicalite-1 and
defective ZSM-5. Here it should also be noted that the defect
distribution recorded for the membrane used for the separation
experiments (and which we compare the simulated results to) was
determined using our old permporometry method which only
could measure defects with widths larger than 1.25 nm, more
recently we have reported an improved permporometry method
which allows determination of defects down to a width of 0.7 nm
[35]. With the improved permorometry method it was shown that
most of the defects were indeed smaller than 1.25 nm, therefore
we judged that the defect distribution determined with the
improved method on another membrane would yield a more
accurate estimation of the contribution from the defects. It should
be pointed out that both of these membranes are considered to be
high quality membranes according to permporometry, however as
evident by comparing the two permporometry patterns, there is a
difference in the defect distribution which of course may have
affected the outcome to some extent.
3.2. Simulating the performance of tubular membranes
The developed model was used for simulating the performance
of tubular membranes, using the operating conditions listed in
Table 1. Two modules in series were considered and with these
parameters, a total of 32 tubes (216) were needed to achieve
90% recovery of carbon dioxide. Fig. 3 shows the molar ﬂow rates
of carbon dioxide and hydrogen as a function of module length on
the tube- (a) and shell side (b) of the membrane. The ﬂow rate of
carbon dioxide in the retentate (out from the tube) is 0.45 mol/s,
corresponding to 90% removal of carbon dioxide. At the same time,
hydrogen is also permeating through the membrane, resulting
in a hydrogen loss of ca. 12%. As a result of the high Δp under
these conditions, the CO2 ﬂux is very high, in the range 6–
2.5 mol m2 s1 (or 950–396 kg m2 h1). However, the pressure
drop of carbon dioxide over the support is also quite large under
these conditions and varied along the length of the tube ranging
from 1.5 to 0.5 bar, indicating that the support is again inﬂuencing
the performance of the membrane. On the other hand, the
pressure drop in the tube (i.e. from the feed to the retentate) is
very low viz.16 kPa which may be considered as negligible. The
effect of external mass transfer on the performance was small at
the condition studied, the ratio between the concentrations of
carbon dioxide at the membrane surface to that in the gas bulk
varied in the range 0.99–0.97, and hence the external mass
transport resistance was negligible.
The effects of pressure drop Fig. 4a) shows the molar ﬂow rates
of carbon dioxide and hydrogen on the tube side with and without
ﬂows through defects included. First of all, it is clear that the effect
of defects on the ﬂow of hydrogen is substantial as the curve
representing ﬂow of hydrogen including the effect of defects drops
Table 5
Comparison between ﬂuxes measured experimentally and simulated using the
model developed in this work for separation of CO2 from a CO2/H2 mixture (1:1).
The feed and permeate pressures were 25 and 5 bars respectively and the
temperatures were 276 or 296 K.
Temperature
(K)
Experiment Simulation
CO2
(mol s1 m2)
H2
(mol s1 m2)
CO2
(mol s1 m2)
H2
(mol s1 m2)
276 2.3 0.1 1.4 0.1
296 4.1 0.3 2.8 0.2
Fig. 3. Molar ﬂow rates of carbon dioxide ( ) and hydrogen (solid line) along the length of the module on the tube side (a) and shell side (b).
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off signiﬁcantly faster than the corresponding curve when ﬂow
through defects is not considered. In essence, the hydrogen loss is
roughly twice higher when defects are considered compared to
when ﬂow through defects is not considered i.e. ca. 0.58 vs
0.36 mol/s (Calculated as the difference between ﬂow rate of
hydrogen in the feed and the ﬂow of hydrogen in the retentate).
More precisely 38% of the hydrogen ﬂux is through defects in this
case. The difference compared to the results obtained for the small
disc shaped membrane presented under Section 3.1 above where
ca. 70% of the hydrogen ﬂux was through defects may be explained
by the difference in composition on the retentate side and its
effect on the adsorption. For the disc shaped membrane the feed
was a 50/50 mixture of carbon dioxide and hydrogen at a total
pressure of 25 bar. At this high partial pressure of carbon dioxide,
the adsorbed phase mostly contain carbon dioxide thus effectively
blocking the pores system from hydrogen transport which leads to
a low ﬂux of hydrogen through the zeolite pores and a relative
large contribution from the defects. In the case of the tubular
membrane, the partial pressure of carbon dioxide decreases along
the membrane. Consequently, the adsorbed amount of carbon
dioxide decreases and the blockage towards hydrogen gets less
effective leading to a higher transport through the zeolite pores
than for a 50/50 mixture and a relatively smaller contribution from
ﬂux through defects.
As regarding carbon dioxide, the effect of the defects is much
smaller as may be expected, since carbon dioxide is mainly
permeating through the pores. However, there is a signiﬁcant
contribution from the defects also for carbon dioxide as the curve
representing the ﬂow rate of carbon dioxide including ﬂow
through defects falls below the curve representing hydrogen ﬂow
rate excluding the effect of defects. Nevertheless, if the ﬂow
through defects could be eliminated the performance of the
membrane would increase.
Several groups have developed methods for either repairing or
blocking defects in zeolite membranes to enhance the selectivity,
see e.g. [43–45], these techniques include e.g. selective coking and
CVD treatment to block defects and rapid thermal treatment to
close grain boundaries. These methods signiﬁcantly enhance the
selectivity, but to the best of our knowledge, the defect distribu-
tion was not measured before and after the treatments so it is
unclear which defect size is reduced for each technique. However,
as shown in Fig. 3 blocking defects with any technique should
improve the performance of our membrane however considering
the defect distribution, techniques capable of blocking the smallest
defects would be of most interest.
Fig. 4b) shows the molar ﬂow rates of carbon dioxide and
hydrogen on the tube side of the membrane as a function of length
when including or omitting the effects of defects and pressure
drop over the support. When omitting also the effect of the
support, the ﬂux increased signiﬁcantly. Therefore it was sufﬁcient
to use only one membrane (1.2 m) and not two membranes in
series to achieve 90% recovery of carbon dioxide. As shown in
ﬁgure, the molar ﬂow rates of both hydrogen and carbon dioxide
drops off much quicker when omitting defects and support effects
as when including them, illustrating the much higher ﬂux in the
absence of the support. The pressure drop for carbon dioxide over
the support is in the range 1.5–0.5 bar, varying with length of the
membrane being highest at the feed side. This high partial
pressure of carbon dioxide (2.5–1.5 bar) at the permeate side of
the zeolite ﬁlm in the case when the support is present means that
the adsorbed loading also is high, giving a lower driving force over
the zeolite ﬁlm as compared to when the support is omitted and
the partial pressure of carbon dioxide is less than 1 bar. The
pressure drops over the support as a function of length are shown
in Figs. 1–3 in the Supporting information. Both the absolute
values as well as the relative pressure drop over the support are
shown. The relative pressure drop over the entire support was
determined as:
ΔPi;sup
ΔPi;tot
ð%Þ ¼ Pi;Z L1Pi;permeate
f i;retentatePi;permeate
ð15Þ
The relative pressure drop over the support varied in the range
12–6% along the length of the module for hydrogen whereas the
corresponding values for carbon dioxide were 13–46% along the
membrane, illustrating the larger effect of the support for the
permeation of carbon dioxide than for hydrogen. Moreover, for
carbon dioxide which shows the highest ﬂux, the pressure drop
over the thin top layer (L1) of the support is greater than that over
the thicker bottom layer (L2) although the top layer is signiﬁcantly
thinner, 30 mm compared to 3 mm for the bottom layer. This
observation is in concert with previous ﬁndings [28]. The greater
resistance in the top layer is a result of the signiﬁcantly smaller
pores of ca. 100 nm in the top layer compared to ca. 3 mm in the
bottom layer. As a result of this, transport of carbon dioxide in the
Fig. 4. Molar ﬂow rates of carbon dioxide and hydrogen along the length of the module on the tube side. (a) Molar ﬂow rate of carbon dioxide and hydrogen including
(CO2:∇; H2: ) and excluding (CO2: ; H2: solid line) the effect of ﬂow through defects. (b) Molar ﬂow rate of carbon dioxide and hydrogen including (CO2:∇; H2: ) and
excluding (CO2: ; H2: solid line) the effect of ﬂow through defects and pressure drop over the support.
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top layer predominantly occurs via Knudsen diffusion whereas
viscous ﬂow dominates in the large pores in the bottom layer [16].
Therefore, to mitigate this problem effort should primarily be put
on reducing the resistance of the top layer. This may be achieved
by either reducing the thickness of the layer or by increasing the
porosity or pore size in the top layer. The former strategy seems
more attractive as increasing the pore size of the top layer, to our
experience makes the preparation of thin, high ﬂux membranes
more challenging. Still, decreasing the thickness of the top layer
would be a feasible option. Therefore, to investigate how the
thickness of the top layer simulations was performed the thickness
of the top layer was reduced until the total relative pressure drop
for carbon dioxide over the support was at maximum 10%. When
the thickness of the top layer of the support was decreased from
30 to 4 mm, the relative pressure drop of carbon dioxide over the
support varied in the range 2.8–9.8% along the length of the
membrane instead of 13–46% for the 30 mm thick top layer
currently used and the prerequisite of maximum 10% pressure
drop over the support was fulﬁlled. The corresponding values for
hydrogen varied in the range 7.2–3%. If the support manufacturers
can manage to prepare graded alumina support with a top layer as
thin as 4 mm, this may signiﬁcantly improve the performance of
high ﬂux zeolite membranes.
The membrane selectivities, taken as the permeance ratios, as a
function of module length are shown in Fig. 5. The ﬁgure shows
CO2/H2 selectivities for a membrane including effects of ﬂow
through defects and pressure drop over the support as well as
selectivities excluding the effect of defects and excluding both
effect of defects and pressure drop over the support. For the case
where the effects of both ﬂow through defects and pressure drop
over the support are included, the membrane selectivity varies
from 20 to 26 passing through a maximum at ca. 2.1 m. The
maximum in the selectivity is the result of the intricate interplay
between ﬂuxes and evolution of the partial pressures on both
sides of the membrane. Fig. 6 shows the corresponding ﬂuxes and
permeances as a function of module length. As the membrane is
CO2 selective, the partial pressure of carbon dioxide is decreasing
on the retentate side whereas the partial pressure of hydrogen is
increasing. As a result, the ﬂux of carbon dioxide through the
membrane is decreasing with length of the tube, this drop in ﬂux
is most pronounced at the end of the tube (L42 m). As the
retentate is getting depleted in carbon dioxide, the blockage effect
gets less pronounced and the ﬂux of hydrogen increases with
length of the tube. However, the permeance of carbon dioxide
show a different behavior where the permeance increases with
module length until close to the exit where the permeance goes
through a maximum and starts to decrease. At the same time the
pemeance of hydrogen increases with module length albeit at a
slower rate than the permeance of carbon dioxide. When these
two curves are combined into the permselectivity, taken as the
ratio between permeance of carbon dioxide and that of hydrogen,
the resulting graph shows a maximum in selectivity close to the
exit of the module similarly as the carbon dioxide permeance.
On the other hand, when ﬂow through defects is excluded, the
selectivity is rather constant at ca. 33 for the ﬁrst half of the
membrane and thereafter the selectivity decreases gradually
reaching 28 at the efﬂuent. When comparing these results with
the ones when both effects are included, it is clear that the effect
of defects is largest at the entrance of the tube where the
difference in selectivity between the two cases is greatest. The
higher selectivity observed when excluding the defects is expected
since the transport through the small pores of the defects occurs is
largely Knudsen selective promoting the transport of the light
hydrogen molecules over the heavier carbon dioxide. For the case
where both effect of ﬂow through defects and pressure drop over
the support are omitted, thus representing an “ideal” silicalite-1
membrane, the selectivity becomes even higher ranging from 39
to 65 along the length of the membrane. It should be noted that
the ﬂux increased signiﬁcantly when omitting the effect of the
support, and therefore one tube length (1.2 m) was sufﬁcient to
reach 90% recovery of CO2. The higher selectivities observed for
this case compared to the case where only the effect of defects is
excluded, may be rationalized by the fact that the pressure drop
over the support is mainly an issue for carbon dioxide for which
the ﬂuxes are high thus the carbon dioxide ﬂux and hence the
selectivity becomes higher when simulations are performed with-
out any ﬂow resistance in the support. However, as shown in
Fig. 4b), the ﬂux of hydrogen is also beneﬁtting indirectly from the
absence of support resistance. The high CO2/H2 selectivity of a
silicalite-1 membrane primarily originates from the high adsorp-
tion selectivity [22], where the high loading of carbon dioxide
virtually blocks the pores for the hydrogen molecules. As the effect
of the support is omitted the partial pressure of carbon dioxide on
the permeate side of the zeolite ﬁlm decreases from ca. 2.1 bar to
o1 bar (both varying along the length of the membrane) which in
turn result in a signiﬁcantly lower loading of adsorbed carbon
dioxide, a decrease by ca. 23%. At this lower carbon dioxide
loading, the blocking effect is less pronounced and the hydrogen
ﬂux increases.
Fig. 5. Membrane permselectivity along the membrane length including both ﬂow
through defects and pressure drop over the support (bottom trace, green),
excluding the effect of ﬂow through defects (middle trace, red) and excluding both
ﬂow through defects and pressure drop over the support (top trace, blue). (For
interpretation of the references to color in this ﬁgure legend, the reader is referred
to the web version of this article.)
Fig. 6. Fluxes and permeances of carbon dioxide and hydrogen as a function of
membrane length.
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The results presented above shows that both presence of ﬂow
through defects and pressure drop over the support have a
negative effect on membrane selectivity and the latter also has
an adverse effect on the ﬂux. Therefore, it would be desirable to
develop techniques to minimize the amount of defects or to block
the defects. Likewise it would be desirable with more open
supports displaying less ﬂow resistance. However, this may pre-
sent a challenge as the supports still must show sufﬁcient
mechanical strength to sustain high trans-membrane pressure
differences.
Literature data on high pressure membrane separation on this
system is scarce, however Krishna and van Baten have investigated
the effect of feed pressure on the selectivity of a silicalite-1
membrane for separation of CO2 from CO2/H2 mixture at 300 K
and for a 15:85 mixture of CO2:H2 [22], however the effects of
defects and pressure drop over the support were not considered.
Under these conditions, the CO2-selectivity increased with
increasing feed pressure up to ca. 30 bar feed pressure. At 25 bar
feed pressure, the CO2-selectivity was ca. 48. In our simulations,
these conditions occur for the case when ﬂow through defects and
pressure drop over the support were omitted from the model and
at ca. 1 m tube length, see Fig. 5. For this case, our model
reproduces the values reported by Krishna and van Baten as
expected considering that we used the same input to the Max-
well–Stefan part of the model.
As a ﬁnal remark on the selectivites, it should be noted that for
all cases considered in Fig. 5, the membrane meets the desired CO2
selectivites for membranes of at least 15–20 [2], illustrating the
potential of zeolite membranes for this particular separation.
3.3. Comparison of performance of 1-stage process vs
2-stage process
As elaborated in Section 1, a 50/50 CO2/H2 mixture may be
considered as a very rough model for synthesis gas and removal of
carbon dioxide from this gas prior to catalytic conversion to
valuable fuels or chemicals is a very interesting application for
membranes. If the membrane shows sufﬁcient performance in
terms of selectivity and ﬂux, the simplest alternative is a 1-stage
membrane process, see Fig. 7a).
For the operating conditions listed in Table 1 with a 90% CO2
recovery, the 1-stage process was evaluated using the model
developed in the present work. The main performance indicators
are presented in Table 6. Under these conditions, the membrane
area needed is as low as 0.85 m2 in the form of two modules
connected in series with 16 tubes in each module. At the same
time, the hydrogen loss was an appreciable 12% which may be
higher than acceptable, depending on the application. Therefore, a
2-stage membrane process was considered. In the case considered
here, the permeate from the ﬁrst membrane is recompressed to
25 bar, cooled to the feed temperature, and sent to a second
membrane unit, see Fig. 7b). The second stage was operated in
such a way that the retentate was a 50/50 CO2/H2 mixture, and the
retentate of the second unit was then recirculated to the feed of
the ﬁrst stage. The simulation was then run iteratively until
convergence. The main performance indicators for the 2-stage
process are presented in Table 6 for comparison with the one stage
process. The total membrane area in this conﬁguration amounts to
1.6 m2; 0.95 m2 for the ﬁrst membrane module and 0.65 m2 for the
second module. The increased area for the ﬁrst membrane
compared to the area needed for the 1-stage process is a
consequence of the increased feed ﬂow rate due to the recircula-
tion of the retentate from the second module in the 2-stage
process. The number of tubes required is 18 and 12 for the ﬁrst
and second stage, respectively. The hydrogen loss for the 2-stage
process was signiﬁcantly lower than for the 1-stage process, viz.
2.5% compared to 12% for the 1-stage process. The “cost” for the
increased hydrogen recovery in the 2-stage process is, apart from
the extra module and increased membrane area, also costs
associated with the compressor and cooling the gas prior to
feeding it to the second membrane module. To determine if a 2-
stage membrane process like the one shown in Fig. 7b) is feasible
for a certain application, the whole unit (membranes plus com-
pressor) should be optimized as regarding operating conditions
etc. however that is out of the scope of this work.
It should here be pointed out that as corroborated under
Section 3.1, the model underestimates both carbon dioxide ﬂux
and selectivity and the membrane area and hydrogen loss reported
here for silicalite-1 membranes may therefore very well be over-
estimated as compared to ZSM-5 membranes.
The area needed to perform the desired separation is noticeably
small; this is of course a result of the high carbon dioxide ﬂux shown
by these membranes. The average permeance under the conditions
considered in the present work is ca. 50107 mol m2 s1 Pa1,
which roughly corresponds to 10,000 Barrer. This is a factor 50–100
larger than the permeability of the best commercial polymer mem-
branes for CO2 separation [46], and consequently, for a given separa-
tion, a zeolite membrane with 50–100 times smaller area would be
needed as compared to today's best commercial alternatives. The
manufacturing cost for polymeric membranes itself is low, ca. 20 $/m2.
On the other hand, the total installed cost for a skid containing several
membrane modules is as high as 500 $/m2 [46], i.e. the largest costs
are those associated with the skid (high pressure vessels, pipes, valves
etc.). With a 100 times higher permeability for the high ﬂux zeolite
membrane, much fewer (or smaller) modules and less piping and
fewer valves would be needed which should result in much lower
total installed cost for a skid of high ﬂux zeolite membranes than for
one with polymeric membrane. To summarize, silicalite-1 membranes
show high potential for CO2 removal from syngas, however more
studies should be performed on a model syngas which more closely
Fig. 7. Schematic ﬁgure of one stage membrane process (a) and 2-stage membrane
process (b).
Table 6
Comparison of key parameters for a one stage vs a two stage membrane process for
CO2/H2 separation. Feed pressure 25 bar, permeate pressure 1 bar, T¼296 K, feed
ﬂow rate 20,000 N m3/d, feed composition: CO2:H2 (1:1).
Total membrane area (m2) Total # of tubes H2 loss (%)
One stage process 0.85 32 12.4
Two stage process 1.6 60 2.5
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mimic the composition of real syngas e.g. by also including carbon
monoxide as well as other compounds present in synthesis gas.
4. Conclusions
In this work, a model for the mass transport in high ﬂux tubular
silicalite-1 membranes for separation of carbon dioxide from a
CO2/H2 mixture was developed. The model included effects of ﬂow
through defects in the zeolite ﬁlm as well as ﬂow resistance of the
support, which both were found to have substantial effect on
the performance of the membrane. The model was applied for the
hypothetical case of recovering 90% of the CO2 from a stream
of 20,000 N m3/day of a 50/50 mixture of CO2 and H2 at 25 bar
feed pressure and 1 bar permeate pressure at 296 K. The observed
selectivities were in the range 20–26 and the CO2 ﬂuxes were in
the range 950–396 kg m2 h1. The membrane area needed for
this separation was as low as 0.85 m2 for a 1-stage process and
ca. 1.6 m2 for a 2-stage process. The corresponding hydrogen
losses were 12% and 2.5% for the 1- and 2- stage processes,
respectively.
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Notation
A membrane area [m2]
B Poiseuille ﬂow diffusivity parameter [m2]
D diffusivity [m2 s1]
d tube or defect diameter [m]
E activation energy of diffusion [J mol1]
F molar ﬂow rate [mol s1]
ff friction factor [-]
J trans membrane ﬂux [mol m2 s1]
K Knudsen diffusivity parameter [m]
k mass transfer coefﬁcient [m s1]
l zeolite ﬁlm thickness [m]
M molecular weight [g mol1]
n number of tubes
P pressure [Pa]
q loading [mol kg1]
R universal gas constant [J mol1 K1]
r half-width of defect [m]
T temperature [K]
u superﬁcial gas velocity [m s1]
x adsorbed mole fraction [-]
z membrane length coordinate [m]
Greek letters
π constant [-]
ρ density [kg m3]
σ geometrical probability constant [-]
τ tortuosity [-]
Superscript
eff effective
Subscript
0 initial value
def defects
ﬁlm zeolite ﬁlm
g gas
i component i
j layer j
ij interaction of component i and j
Kn Knudsen diffusion
L1 top layer of support
L2 bottom layer of support
n index for defect distribution
s shell side
t tube side
tot total
Vis viscous ﬂow
z zeolite
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